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a b s t r a c t

A numerical method is proposed for modeling the distillation process in a randomly packed column. The
proposed model is able to predict the axial and radial concentration distributions along the column with-
out introducing the empirical turbulent Schmidt number or the experimentally measured turbulent mass
transfer diffusivity. The present model involves the differential mass transfer equation set and the accom-
panied computational fluid dynamics (CFD) formulation with the conventional k � e model. For the clo-
sure of mass transfer equation, the recently developed two-equation model is adopted, which consists of
the equations for expressing the fluctuating concentration variance c2 and its dissipation rate ec [Z.M.
Sun, B.T. Liu, X.G. Yuan, C.J. Liu, K.T. Yu, New turbulent model for computational mass transfer and its
application to a commercial-scale distillation column, Ind. Eng. Chem. Res. 44 (12) (2005) 4427–4434].
The validity of the proposed model was testified by applying to a commercial scale randomly packed col-
umn of 1.22 m internal diameter and packed with 50.8 mm metal Pall rings in 3.66 m bed height for sep-
arating cyclohexane/n-heptane mixture under total reflux and 165.5 kPa [A. Shariat, J.G. Kunesh, Packing
efficiency testing on a commercial scale with good (and not so good) reflux distribution, Ind. Eng. Chem.
Res. 34 (4) (1995) 1273–1279]. Satisfactory agreements were found between the model prediction and
the published experimental measurement on the axial concentration distributions, the HETP and the tur-
bulent mass transfer diffusivity along the radial and axial directions.

� 2009 Elsevier Ltd. All rights reserved.
1. Introduction

The packed columns as a kind of phase contractors have been
widely used in chemical separation, heat transfer and catalytic
reaction processes. Among them, the counter-current operation
of gas (vapor) and liquid phases for mass transfer with random
packing are frequently employed for distillation and absorption.
It is commonly recognized that the rigorous modeling of such col-
umn is essential for achieving good design and efficient perfor-
mance, especially for those of industrial scale, yet the traditional
model to be used is based on the assumption of one dimensional
flow with axial dispersion. However, due to the non-uniform bed
structure and higher porosity in the near wall region of the packed
column, the liquid phase behaves not only deviating from one
dimensional flow but also displaying complicated dispersion.

The existence of dispersion effect in packed column is one of the
main causes to lowering down the column performance and the
separation efficiency [3–9] as the concentration gradient and the
driving force of mass transfer are being reduced. Many research
ll rights reserved.

: +86 22 27404496.
works regarding this effect have been reported since last five dec-
ades [10–19], and summarized in the literature [20].

The dispersion effect, usually represented by a parameter and
terminologically denoted by turbulent mass transfer diffusivity or
dispersion coefficient, are often evaluated by using either the
empirical turbulent Schmidt number Sct or the experimental corre-
lation obtained from the tracer experiment [22,23]. Nevertheless, it
has been shown that the value of Sct is not a constant throughout
the whole column as it is affected by both local velocity and con-
centration [24], and the experimental correlations are mostly for-
mulated by using the one dimensional flow model to fit the
experimental data.

One way to overcome this drawback is to closing the differential
turbulent mass transfer equation by means of auxiliary equations
in order to avoid the direct substation of an empirical diffusivity
or experimental coefficient. Recently, Liu et al. [1,25] suggested a
c2 � ec model for this purpose, in which two auxiliary equations
are involved, i.e. the c2 equation representing the fluctuating con-
centration variance and the ec equation representing the dissipa-
tion rate. This method has been applied successfully for
simulating the sieve tray distillation columns [25–27]. In this
paper, a numerical method is presented, consisting of the differen-
tial mass transfer equation with c2 � �c closing model and the

http://dx.doi.org/10.1016/j.ijheatmasstransfer.2009.06.038
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Nomenclature

a surface area per unit volume of packed bed, m�1

ae effective area for mass transfer between the gas phase
and liquid phase (m�1)

c2 concentration variance
C average concentration, mass fraction
Cl, c1, c2 model parameters in k-e model equations
Cc0, Cc1, Cc2, Cc3 model parameters in c2-ec model equations
Cpk characteristic constant of specific type packing
D molecular diffusivity of C6 in liquid phase (m2 s�1)
de equivalent diameter of random packing (m)
dH hydraulic diameter of random packing (m)
dp nominal diameter of the packed particle (m)
Deff effective diffusivity, m2 s�1

DG molecular diffusivity of C6 in gas phase (m2 s�1)
Dt turbulent diffusivity for mass transfer (m2 s�1)
FLG interface drag force between gas phase and liquid phase

(N m�3)
FLS flow resistance created by the randomly packing

(N m�3)
Fpd dry packing factor (m�1). For 1/200(�1.27 cm) ceramic

Berl saddles, Fpd = 900 m�1

g acceleration due to gravity, m s�2

G gas phase flow rate per unit cross-section area
(kg m�2 s�1)

Gf gas loading factor (kg m�2 s�1)
H volume fraction of liquid phase based on pore space
HETP height equivalent of theoretical plate
Hop operating holdup
Hs static holdup
Ht total liquid holdup
k turbulent kinetic energy (m2 s�2)
kG gas phase mass transfer coefficient (kmol m�2 s�1 kpa�1)
kL liquid phase mass transfer coefficient without chemical

reaction (m s�1)
L liquid flow rate per unit cross-section area (kg m�2 s�1)
Lf liquid loading factor (kg m�2 s�1)
MA molecular weight of C6 (kg kmol�1)
n-C7 n-heptane
Ntheo number of theoretical stage
p1, p2 constants
pd period of oscillation normalized by the nominal particle

size
pt total pressure of gas phase (kPa)
Dpd dry-bed pressure drop per meter packing (N m�3)
DpL wet-bed pressure drop per meter packing, (N m�3)
Dpt total pressure drop per meter packing, (N m�3)

r position in radial direction, m
R radius of the column (m)
ReL

Reynolds number of liquid phase
RG gas universal constant (kJ kmol�1 K�1)
S sink term in concentration equation (kg m�3 s�1)
Sct

Schmidt number
u interstitial velocity vector of liquid (m s�1)
uG gas velocity vector (m s�1)
uslip slip velocity vector between gas phase and liquid phase

(m s�1)
UL,UG liquid and vapor phase superficial velocities, respec-

tively (m s�1)
xA C6 mole fraction in liquid bulk
xA,I C6 mole fraction in liquid interface
XA C6 mole concentration in liquid phase (kmol m�3)
yA C6 mole fraction in gas bulk
yA,I C6 mole fraction in gas interface
YA C6 mole concentration in vapor phase (kmol m�3)
z axial position
Z packed-bed height

Greek Symbols
a relative volatility
e turbulent dissipation rate (m2 s�3)
ec turbulent dissipation rate of concentration fluctuation

(s�1)
U variable
UL, UG liquid and gas phase enhancement factors, respectively
c porosity distribution of the random packing bed along

the radial direction.
c1 porosity in an unbounded packing
l, lt, leff liquid molecular, turbulent and effective viscosity,

respectively (kg m�1 s�1)
lG gas phase viscosity (kg m�1 s�1)
q liquid density (kg m�3)
qG gas phase density (kg m�3)
r surface tension of liquid, dynes (cm�1 or N m�1)
rc rec model parameters in c2 � ec model equations
rk, re model parameters in k � e model equations
v characteristic length of packing

Subscripts
e effective
G gas
I interface
L liquid
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accompanied computational fluid dynamics (CFD) equations, for
the purpose of simulating an industrial scale randomly packed dis-
tillation column without introducing the empirical Sct number or
the experimental correlation. The validity of the proposed model
is testified by comparing with the published experimental data [2].
2. The simulated packed column

The industrial scale packed column to be simulated in this pa-
per, as described by Shariat and Kunesh [2], is 1.22 m in diameter
and packed randomly with different sizes carbon steel Pall rings
(15.9 mm, 25.4 mm, 50.8 mm, and 88.9 mm respectively). The
mixture to be separated is cyclohexane/n-heptane (C6/n-C7), and
the separation operation is under total reflux and different pres-
sures (35 kPa and 165.5 kPa). As a tubular drip pan distributor with
relatively high drip point density (about 104 points/m2) is
equipped in this column, it could be assumed that the liquid phase
at the inlet of packed bed is uniformly distributed. The detailed
information about the experimental set-up and operation proce-
dures can be found from the published paper. The physical proper-
ties of the separating mixture at 165.5 kPa are listed in Table 1, and
some of the published experimental data [2] is given in Tables 2
and 3.
3. Proposed numerical method

3.1. Assumptions

The following assumptions are made for simulating the forego-
ing described packed column undergoing separation by
distillation:



Table 2
Experimental composition of C6 at different packed-bed height (50 mm Pall Ring and
165.5 kPa).

Packed-bed height (m) F-factor [m s�1(kg m�3)0.5]

0.758 1.02 1.52

Composition of C6

0.381 0.2314 0.2314 0.2246
0.991 0.3527 0.3306 0.3114
1.60 0.4576 0.4197 0.4018
2.21 0.6035 0.5881 0.5881
2.819 0.6914 0.6531 0.6385
3.66 0.7857 0.7596 0.7328

Table 1
The C6/n-C7 system physical properties at 165.5 kPa.

System P (kPa) qL (kg/m3) qG (kg/m3) lL (Pa�s) lG (Pa�s) D (m2/s) DG (m2/s) r (N/m) a

C6/n-C7 165.5 636.7 4.907 2.3E-4 8.5E-6 6.2E-9 2.1E-6 0.012 1.6

Table 3
Experimental HETP (50 mm Pall Ring and 165.5 kPa).

F-factor [m s�1(kg m�3)0.5] HETP (m)

0.533 0.758
0.587 1.02
0.584 1.58
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(1) The pseudo-single-liquid phase model is applied, i.e. the
liquid phase is considered pseudo-continuous, and the gas
phase is uniformly distributed along the radial direction.
The flow is axially symmetrical.

(2) The distillation operation is in steady state, and the liquid is
incompressible. The temperature and density of the liquid
phase are considered to be constant as the difference in boil-
ing point and density between hexane and n-heptane are
very small.

(3) The constant molar flow is assumed for the gas phase and
liquid phase. This assumption is reasonable because the heat
of vaporization and condensation of hexane and n-heptane
are practically equal.

In addition, as pointed out by Billet [21], the liquid flow in ran-
domly packed column is generally in the turbulent flow region
when the liquid Reynolds number ReL is larger than 10, which is
the case often encountered in the industrial operation. Such a con-
dition is applicable to the simulation in this paper.

3.2. Model equations

3.2.1. Mass transfer equation and its auxiliary closing equations
The mass transfer equation expressed in volume average mass

fraction C of the light component hexane (C6) in liquid phase is
as follows:

r � ðqhuCÞ ¼ r � ðqhDeffrCÞ þ S ð1Þ

where q is the liquid density, h is the volume fraction of liquid
phase based on pore space, u is the liquid interstitial velocity vector,
S is the sink term accounting for interfacial mass transfer of the
component, Deff is the effective mass transfer diffusivity of C6 in li-
quid phase and is defined by the following equation:

Deff ¼ Dþ Dt ð2Þ

where D is the molecular diffusivity of C6 in the liquid phase, Dt is
the turbulent diffusivity of mass transfer, which can be obtained
by applying the c2 � ec model [1,25] and expressed as:
Dt ¼ Cc0k
k
e

c2

ec

 !1=2

ð3Þ

where the fluctuating concentration variance c2 and its dissipation
rate ec are defined below:

c2 � cc; ec � D
@c
@xj

@c
@xj

� �
ð4Þ

The c2 � ec model consists of the following c2and ec equations:

r � ðqhuc2Þ � r � qh Dþ Dt

rc

� �
rc2

� �
¼ 2qhDtrCrC � 2qhec ð5Þ

r � ðqhuecÞ � r � qh Dþ Dt

rec

� �
rec

� �
¼ Cc1hqDtrCrC

ec

c2

� Cc2qh
e2

c

c2
� Cc3qh

eec

k
ð6Þ

The constants in Eqs. (5) and (6) are [28]: Cc0 = 0.11, Cc1 = 1.8,
Cc2 = 2.2, Cc3 = 0.8, rc = 1.0 and rec ¼ 1:0.

3.2.2. Accompanied CFD equations
As the net quantity in moles of mass transferred between gas

phase and liquid phase is zero due to the assumption of constant
molar flow, the continuity and momentum equations for the liquid
phase flow are as follows:

r� ðqhuÞ ¼ 0 ð7Þ

r � ðqhuuÞ�r � hleff ruþðruÞT
� �� �

¼�hrpþFLGþhðFLSþqgÞ

ð8Þ
leff ¼lþlt ð9Þ

lt ¼qCl
k2

e
ð10Þ

where l, lt and leff represent the molecular, turbulent and effective
viscosities of the liquid phase, respectively. The turbulent viscosity
lt is unknown and can be solved simultaneously with the standard
k � e model as shown below. FLG is the interface drag force between
gas phase and liquid phase, FLS is the flow resistance, known as the
body force resistance, created by the presence of random packing.

The standard k � e model consists of the following equations:

r � ðqhukÞ � r � h lþ lt

rk

� �
rk

� �
¼ hltru � ððruþ ðruÞTÞÞ � qhe ð11Þ

r � ðqhueÞ � r � h lþ lt

re

� �
re

� �
¼ c1hltru � ruþ ðruÞT

� �� � e
k

� c2qh
e2

k
ð12Þ

The constants in foregoing equations are customarily chosen to be:
Cl = 0.09, rk = 1.0, re = 1.3, c1 = 1.44 and c2 = 1.92.

The simultaneous solution of the foregoing mass transfer equa-
tion and its auxiliary closing equations together with the accompa-
nied CFD equations is able to give the concentration and the
velocity distributions in the distillation column.

3.2.3. Determination of parameters
Before solving the foregoing equation system, the terms of h, S,

FLG, and FLS appeared in foregoing equations must be determined.
The volume fraction h of the liquid phase based on pore space,

expressed by h = Ht/c, can be determined from the total liquid
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Fig. 1. The simulation domain and boundary conditions arrangement.
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holdup Ht and the unevenly distributed porosity c [4,29,30] under
the operating condition concerned. The total liquid holdup Ht is de-
fined as the sum of the static holdup Hs and the operating holdup
Hop, i.e. Ht = Hs + Hop. The correlations for estimating Hs, Hop and c
are available in the literature [31–33], and those used in this paper
are given in the Appendix A.

The interface drag force FLG is related to the pressure drop
caused by the interaction between the liquid and vapor phases.
For irrigated packing, the pressure drop Dpt is greater than that
of the dry bed Dpd due to the presence of liquid adhered to the
packing surface and consequently the cross section available for
gas flow is reduced. The increased part of pressure drop can be rep-
resented by DpL, which represents the pressure drop created by the
interfacial drag force between gas phase and liquid phase. Then the
total pressure drop can be expressed by Dpt = Dpd + DpL. The corre-
lations developed by Robbins [34], as given in the Appendix A, are
used to estimate the Dpd and DpL. Finally, the interface drag force
FLG can be expressed by [34]

FLG ¼
DpL

juslipj
uslip

where uslip is the slip velocity between gas phase and liquid phase,
which is defined as:

uslip ¼ uG � u

The uG in axial direction can be determined from gas phase flow
rate G.

The liquid flow resistance FLS created by the presence of random
packing can be treated as a body force, and can be calculated by
using Ergun equation [35], in which the body force is considered
as a nonlinear function of the mean porosity. In the present case,
the mean porosity is replaced by the porosity distribution function
c. The relevant equations are given in the Appendix A.

The sink term S, which is the mass of C6 to be transferred from
the liquid phase to the gas phase per unit volume and per unit
time, can be determined from the following conventional rate
equations:

S ¼ kLaeMAXAðxA � xA;IÞ ð13Þ
S ¼ kGaeMAYAðyA;I � yAÞ ð14Þ

where kL and kG are respectively the film coefficients of mass trans-
fer of liquid phase and gas phase, ae is the effective interfacial area,
MA is the molecular weight of C6, XA and YA are the mass in mole of
C6 in liquid and vapor phases, xA,I and yA,I are the interfacial concen-
trations in mole fraction of C6. Since xA,I and yA,I are in equilibrium at
the interface, we have:

yA;I ¼
axA;I

1þ ða� 1ÞxA;I
ð15Þ

where a is the relative volatility of the separating mixture. Combin-
ing Eqs. (13)–(15), the following equation is obtained:

m0S2 þm1Sþm2 ¼ 0 ð16Þ

m0 ¼
a� 1

kLkGM2
Aa2

e XAYA

ð17Þ

m1 ¼
ða� 1ÞyA � a

kLaeXAMA
� ða� 1ÞxA þ 1

kGaeYAMA
ð18Þ

m2 ¼ axA � ðða� 1ÞxA þ 1ÞyA ð19Þ

Then, the sink term S can be obtained by solving simultaneously Eqs.
(16)–(19). The kL, kG and ae is determined by using the correlations gi-
ven by Wagner et al. [36], which are listed in the Appendix A.
4. Boundary conditions

The computational domain and boundaries are shown in Fig. 1.
The boundary conditions for the modeling equation set are speci-
fied as follows:
4.1. Inlet conditions

At the top of the column, the ‘‘velocity inlet” boundary is set to
be:

u ¼ uinlet; v inlet ¼ 0; C ¼ Cinlet; kinlet ¼ 0:003u2
inlet; einlet

¼ 0:09
k1:5

inlet

dH
½37�

where dH denotes the hydraulic diameter of random packing [38],
which can be calculated by:

dH ¼
4c1

að1� c1Þ
:

There are no experimental measurements reported or empirical
correlations available from the literature for determining the inlet
condition of the concentration variance c2 equation. However,
according to the experiments for turbulent heat transfer [39–41],
and by the analogy between heat and mass transfer, we may as-
sume that:

c2
inlet ¼ ð0:082CinletÞ2 ð20Þ

The boundary condition at the inlet for the ec equation is given be-
low [26,27]:

ec;inlet ¼ 0:4
einlet

kinlet

� �
c2

inlet ð21Þ
4.2. Outflow conditions

The flow at the bottom of the column is considered to be close
to fully developed, so that the ‘‘outflow” boundary condition of
zero normal gradients is chosen for all flow variables except
pressure.
4.3. Axis conditions

Under the assumption of axial-symmetry, we let @U
@r ¼ 0 at r = 0

for all variables U.
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4.4. Wall conditions

The no-slip condition is applied to the wall, and the zero flux
condition at the wall is adopted, i.e. @Ci

@r ¼ 0 at r = R for the mass
transfer equation. The conventional logarithm law expression is
employed in the near wall region.
5. Numerical procedure

The model equations were solved numerically by using the
commercial software FLUENT 6.1 with finite volume method. The
well-known SIMPLEC algorithm is used to solve the pressure–
velocity coupling problem in the momentum equations. The grid
arrangement for the commercial scale column of 3.66 m height
and 0.61 m radius is as follows. There are 1000 nodes uniformly
distributed along the column height. For the radial direction, total
75 nodes are non-uniformly distributed along the radial direction
with higher grid resolution at the near wall region, i.e. 15 nodes
are distributed from the wall to the column center by using uni-
form algorithm to cover radial distance of 0.072 m, in which
0.001 m distance is set between the first row and the wall with
growth factor 1.2, then the left 60 nodes are uniformly distributed
along the remaining radial distance of 0.538 m. There are about
75,000 quadrilateral cells throughout the column. Such grid resolu-
tion is sufficient for the present simulation as illustrated in Section
6.2. The second-order upwind spatial discretization scheme was
used for all differential equations.
6. Simulated results and discussion

The simulated results by applying the proposed numerical mod-
el are compared with the experimental measurements of a com-
mercial scale distillation column reported by Shariat and Kunesh
[2] as given below.
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Fig. 2. Comparisons of the concentration profiles in liquid phase between model pred
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6.1. Radial averaged C6 concentration profiles along axial direction

The simulated radial concentration is averaged at different
height of the column to form the axial concentration along the
column. As seen in Fig. 2a–c, the agreement between the model
predictions and the experimental data is satisfactory.
6.2. Liquid velocity and concentration profiles

Due to the non-uniform packing structure and higher porosity
at the near wall range, the fluid flow can not be uniform. The sim-
ulated radial velocity profile is shown in Fig. 3, in which the ‘‘wall
flow” appears near the wall region, and the flow behaves relatively
uniform only about 2dp apart from the wall. This phenomenon has
been observed by many investigators [4,33].

The profiles of velocity and the component concentration are
shown respectively in Figs. 3 and 4. At a fixed axial position, it is
seen that the C6 concentration increased gradually from the col-
umn center to the wall as shown by Fig. 4(e).

To study the effect of grid resolution on the simulated results,
the simulation of C6 concentration profile under F-fac-
tor = 1.02 m s�1(kg m�3)0.5 with higher grid resolution (150 nodes
in the radial direction and 1000 nodes in the axial direction) is also
conducted as shown in Fig. 4(c). By comparing Fig. 4(b) and (c), no
substantial difference is seen, which demonstrates that the grid
arrangement with 75 nodes in radial direction and 1000 nodes in
axial direction is satisfactory for simulating such an industrial scale
column.

6.3. Separation efficiency comparison

The separation efficiency of packed column is usually expressed
in terms of height equivalent of theoretical plate (HETP). For distil-
lation at total reflux, the HETP may be calculated by the Fenske
equation:
0 1 2 3 4
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HETP ¼ Z=Ntheo

Ntheo ¼ 1
ln a ln x

1�x

� 	
Top

1�x
x

� 	
Bottom

� � ð22Þ

where Ntheo is the number of theoretical stages, x is the mole frac-
tion of the light component C6. The simulated and experimentally
measured HETP values for different F-factors are shown in Fig. 5,
where the predicted HETP values are in reasonable agreement with
(b)
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Fig. 4. C6 Concentration profiles in liquid phase predicted by CMT model at different F-
grid 75 � 1000, (c) F-factor = 1.02 m s�1(kg m�3)0.5 for grid 150 � 1000, (d and e) F-factor
the experiment, although the former is somewhat higher than the
latter.
6.4. Turbulent mass transfer diffusivity Dt

The turbulent diffusivity distribution (Dt profile) along the col-
umn can be predicted by means of the present model. To testify
the reliability of the prediction, comparisons are made with the
(c)
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= 1.52 m s�1(kg m�3)0.5.
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published empirical Schmidt number Sct used for packed column
and the relevant correlation obtained by using the inert tracer
technique. For this purpose, the predicted Dt distribution should
be averaged in order to make the comparisons possible.

There are two ways to average the predicted Dt distribution:

(1) Volume average: The average Dt on the volume basis at dif-
ferent height of the packed bed is considered to be the aver-
aged turbulent diffusivity along axial direction, Dt,x. If the
volume refers to the whole column, it is the overall average
turbulent diffusivity, Dt,av.

(2) Radial average: The average Dt at any cross section of the
column is considered to be the averaged turbulent diffusiv-
ity along radial direction, Dt,r. It is varying along the column
height.

The following are the comparison and discussion:

(1) Michell and Furzer [16] presented a correlation for the dis-
persion coefficient (turbulent diffusivity) of liquid phase in
the packed column in the following form:
jujdp

Dt
¼ 1:00

uinterdpq
l

� �0:7 d3
pgq2

l2

 !�0:32

ð23Þ

Wang et al. [19] correlated the dispersion coefficient with consider-
ation of packing factors as follows:

jujdp

Dt
¼ 1:157

ULdpq
l

� �0:554 d3
pgq2

l2

 !�0:200

ðadpÞ�0:190 ð24Þ

In Fig. 6, the predicted overall averaged turbulent diffusivity Dt,av is
compared with the two foregoing correlations of dispersion coeffi-
cient at different F-factors. As seen from Fig. 6, the predicted Dt,av

is in the same order of magnitude with the correlations of disper-
sion coefficient, although their variation with F-factor shows differ-
ent tendency.

Ebach and White [14] observed that the axial dispersion is in-
creased with increasing liquid velocity and gas load, while Choe
and Lee [10] reported that axial dispersion is decreased with the
increase of liquid velocity. In view of different research results,
the question that the axial dispersion is increased or decreased
with the liquid velocity is not clear, although the influence of liquid
velocity on axial dispersion seems small.

(2) The predicted Dt,r along the bed length at different F-factors
is plotted in Fig. 7. It is seen that Dt,r is increasing gradually
from the top to the bottom, and also slightly increase at
higher F-factor.
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Fig. 6. Comparisons between the predicted volume averaged Dt,av and the corre-
lations by Wang et al. [19] and Michell and Furzer [16].
The relationship between Dt,r and packed-bed length is also not
clear from the existing literature. Ebach and White [14] found no
significant effect of bed length on the axial dispersion coefficient.
Strang and Geankoplis [12] reported that the axial dispersion
was decreased with increasing the bed length due to the end effect.
Otake and Kunugita [17] found that the axial dispersion decreased
with increasing bed length. Tan and Liou [11] showed that the axial
dispersion increased with bed length at the beginning, then kept
constant. However, the axial dispersion is not a constant as indi-
cated both by the present simulation and previous researches.

(3) The variations of Dt along radial direction at different axial
positions are presented in Fig. 8. Generally, Dt is found to
be substantially constant at the bed center because of the
relatively uniform velocity and concentration distributions,
and reaching a maximum near the column wall due to the
wall flow effect, and then decreasing sharply at the wall as
a result of the no-slip boundary condition at the wall surface.
Such phenomenon is consistent with the experimental
results [13,15]. In addition, Fig. 9 shows the contour of tur-
bulent diffusivity Dt along the column.
7. Conclusion
(1) A numerical method, consisting of the recently developed
c2 � ec model and CFD formulation, is proposed for predict-
ing the concentration and velocity distributions (profiles)
of liquid phase as well as the turbulent mass transfer diffu-
sivity in an industrial scale randomly packed distillation col-
umn. The advantage of this approach is having avoided
introducing the empirical Schmidt number or experimental
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Fig. 8. Profiles of diffusivity at different packed-bed heights for F-factor = 1.02 m s�1

(kg m�3)0.5.



Fig. 9. Contour of turbulent mass transfer diffusivity for F-factor = 1.02 m s�1

(kg m�3)0.5.
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determined dispersion coefficient. The predicted results
agree well with the experimental measurements reported
from the literature.

(2) The predicted radial profiles of concentration and velocity in
the column display clearly the wall effect due to the non-
uniform packed-bed structure and uneven porosity as well
as the no-slip boundary at the column wall surface. The
shape of radial velocity distribution is consistent with the
reported experimental data.

(3) The predicted HETP of the distillation column concerned is in
satisfactory agreement with the reported experimental data.

(4) The whole picture on the distribution of dispersion coefficient
inside the packed column, which is heavily coupled with the
velocity and concentration distribution in the complex turbu-
lent flow and is hardly measured, can be obtained numerically
by means of the proposed simulation method.
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Appendix A. Correlations for estimating the parameters in the
proposed model

The static holdup Hs for metal Pall rings [31]

Hs ¼ 0:033 exp �0:22
gq
ra2

� �
where g is the gravity acceleration constant, r is liquid surface ten-
sion, and a is the surface area per unit volume of packed bed.

The operating holdup Hop[32]:

Hop ¼ 0:555
al2

gc4:65

� �1=3

The porosity c of randomly packed bed [33]:

c¼ c1þ
ð1�c1Þ

2
Er ð1�0:3pdÞ� cos

2p
ccþ1:6Er2

R� r
pddp

 !
þ0:3pd

( )

where c1 is the porosity in an unbounded packing, R is the radius of
the column, r is the position in radial direction, Er is the exponential
decaying function, which is given by
Er ¼ exp �1:2pd
R� r

dp

� �3=4
" #

where pd is the period of oscillation normalized by the nominal par-
ticle size and pd = 0.94 � (2+1.414)/3 for Pall rings; cc is a constant
depending on the ratio of the particle size to column size:

cc ¼
2R

ncpddp
� 1:6 exp �2:4pd

R
dp

� �3=4
" #

where

nc ¼ int
2

1þ 1:6 exp �2:4pdðR=dpÞ3=4
h i R

pddp

8<
:

9=
;

Mass transfer coefficients [36]:

kL ¼
4ULDUL

phcv

� �0:5

kG ¼
4UGDGUG

pðc� hcÞv

� �0:5

ae

a
¼ hc

1:0� c

where DG is the vapor molecular diffusion coefficient, UL,UG are the
liquid and vapor phase superficial velocities, respectively, the liquid
and gas phase enhancement factors UL, UG are equal to unity at the
operating conditions concerned. The characteristic length v for dif-
ferent types of packing can be expressed by:

v ¼ C2
pkZ

where the dimensionless characteristic constant Cpk is equal to
0.031 for 50.8 mm metal Pall rings, Z is the packed-bed height.

Pressure drops Dpd and DpL [34]:

Dpd ¼ p1G2
f � 10p2Lf

DpL ¼ 0:774
Lf

20; 000

� �0:1

ðp1G2
f � 10p2Lf Þ4

where p1 = 0.04002, p2 = 0.0199, Gf is the gas loading factor, and Lf is
the liquid loading factor. Gf and Lf can be determined by the follow-
ing correlations:

Gf ¼ Gð1:2=qGÞ
0:5ðFpd=65:62Þ0:5 For pt 	 1:0 atm

Gf ¼ Gð1:2=qGÞ
0:5ðFpd=65:62Þ0:5 � 100:0187qG For pt > 1:0 atm

Lf ¼ Lð1000=qÞðFpd=65:62Þ0:5l0:2 For Fpd 
 15

Lf ¼ Lð1000=qÞð65:62=FpdÞ0:5l0:1 For Fpd < 15

The term Fpd is a dry packing factor, specified for a given type and
size of packing. For 50.8 mm metal Pall rings, Fpd = 79 m�1.

Body force FLS [35]:
The liquid flow resistance created by the presence of random

packing, the body force, can be calculated by Ergun equation
[35]. In this equation, the mean porosity is replaced by the porosity
distribution function c.

FLS ¼ � 150l ð1� cÞ2

c2d2
e

þ 1:75q
ð1� cÞ

cde
juj

 !
u

where the mean porosity c in this paper is referred to the porosity
distribution function, de is the equivalent diameter of the random
packing, which is defined by

de ¼
6ð1� c1Þ

a
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